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Abstract 
Among several treatment methods Catalytic Wet Air Oxidation (CWAO) treatment is considered as a useful and 
powerful method for removing phenol from waste waters. In this work, mathematical model of a trickle bed reactor 
(TBR) undergoing CWAO of phenol is developed and the best kinetic parameters of the relevant reaction are 
estimated based on experimental data (from the literature) using parameter estimation technique.  The validated 
model is then utilized for further simulation and optimization of the process. Finally, the TBR is scaled up to predict 
the behavior of CWAO of phenol in industrial reactors. The optimal operating conditions based on maximum 
conversion and minimum cost in addition to the optimal distribution of the catalyst bed is considered in scaling up 
and the optimal ratio of the reactor length to reactor diameter is calculated with taking into account the hydrodynamic 
factors (radial and axial concentration and temperature distribution).  
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1. Introduction 
Wastewater is composed of organic, inorganic compounds and dissolved gases. A major problem over the last 
decades is the groundwater contamination via organic chemical compounds resulting in huge public concern. These 
compounds constitute a very large group of pollutants present in the wastewater. Among these groups, the aromatic 
compounds especially phenol and its derivatives are the most common pollutants found in many industrial effluents 
(Singh et al., 2004). Phenols belong to the class of aromatic compounds having a hydroxyl group as well as any 
additional organic groups on a six-carbon benzene ring (Qinglin and Karl, 1998). Also, phenols are extremely toxic 
to aquatic life and resistance to biodegradation and have a strong unpleasant odor and taste in water even at 
concentrations in the parts per billion range (Massa et al., 2004).Generally, aqueous wastes have an organic pollutant 
load in the range of 500-10000 ppm and are too dilute to incinerate but yet too toxic. The major problems caused by 
phenol can be listed below (Budavari, 1996; Lin, et al., 2006; Vázquez et al., 2007): 
 Phenols are persistent pollutants involving great damage to environment. They have been designated as 
priority pollutants.  
 Phenols are very dangerous, harmful and toxic displaying toxic effects on aquatic life as well as its effect 
depend on the concentration of pollutants. 
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  Phenols may cause harmful effects on the central nervous system and heart, resulting in dysrhythmia, 
seizures and coma. 
 The kidneys may be affected as well. Long-term or repeated exposure of the substance may have harmful 
effects on the liver and kidneys. 
 Phenol and its vapors are corrosive to the eyes, the skin, and the respiratory tract. Its corrosive effect on skin 
and mucous membranes is due to a protein-degenerating effect. 
 Repeating or prolonging skin contact with phenol may cause dermatitis, or even second and third degree 
burns. Chemical burns from skin exposures can be decontaminated by washing with polyethylene glycol, 
isopropyl alcohol, or perhaps even copious amounts of water. 
 Systemic poisoning can occur in addition to the local caustic burns due to the quickly absorbed phenol 
through the skin. 
 The phenols effluent to rivers and oceans reducing the light penetration and this effect on the organisms and 
plants found inside these waters. 
 Phenol can give disagreeable tastes and odors to drinking water even at very low concentration. Phenol 
gives off a sweet, acrid smell detectable to most people at 40 ppb in air and at about 1–8 ppm in water. 
 Phenol is also a reproductive toxin causing increased risk of abortion and low birth weight indicating 
retarded development in utero. 
The concentration of phenol as organic pollutant presents in wastewater in  various industries are: refineries (6-500 
mg/l), cooking process (27-3900 mg/l), coal processing (9-6800 mg/l), petrochemicals (28-1220 mg/l), 
pharmaceutical, wood products, paint and pulp and paper industries (0.1-1600 mg/l) (Busca et al., 2008).Phenol is 
produced at a rate of about 6 million ton/year worldwide, with a significant increasing trend in the near future 
(Jordan et al., 1991). The Indian Ministry of Environment and Forests (MOEF) and Environmental Protection 
Agency (EPA) have listed phenol and phenolic compounds on the priority pollutants list. Despite the legislative 
restrictions, large amount of phenolic compounds are still being discharged into the environment. For example, in 
Europe 900 ton/year of phenols are directly or indirectly discharge to the water body (Busca et al., 2008). Due to high 
toxicity and difficult biodegradability, the MOEF has set a maximum concentration level of 1.0 mg/l of phenol in the 
industrial effluents for safe discharge into surface water.  
To detoxify these organic contaminants from groundwater or to separate of pollutants present in polluted water 
became a major focus of research and policy debate. The presence of these pollutants in the water even at low 
concentrations does not allow reuse of the water in the industrial operations (Mangrulkar et al., 2008).Conventional 
process of removing these pollutants and especially phenols from wastewater is known as catalytic wet air oxidation 
(CWAO).Kinetics of CWAO of phenol have been studied by several researchers and tested experimentally for 
developing such process. 
Pintar and Levec (1992) worked on CWAO of phenol in a trickle bed reactor using CUO, Zn, CO oxides as a 
heterogeneous catalyst and pure oxygen as oxidant. Fortuny et al. (1998) studied CWAO of phenol  in a fixed bed 
reactor operating in a trickle flow regime using active carbon and commercial copper oxide supported over 𝛾-alumina 
as a catalyst. Eftaxias et al. (2001) have investigated the CWAO of phenol upon a 𝐶𝑢𝑂 𝛾 − 𝐴𝐿2𝑂3⁄  as a catalyst in a 
continuous trickle bed reactor using air as oxidant. Oscar et al. (2007) studied experimentally the degradation of 
phenol in polluted water via UV/𝐻2𝑂2.Wadood and Sama (2008) have studied the CWAO of phenol oxidized in a 
fixed bed reactor working in trickle flow regime employing copper based catalyst supported on ɣ-alumina as a 
catalyst, and air as oxidant. Keav et al. (2010) investigated the CWAO of phenol tested in a fixed bed reactor over 
platinum and ruthenium catalysts supported on cerium-based oxides. Wadood (2014) studied the oxidation of phenol 
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in a trickle bed reactor using activated carbon as a catalyst under different conditions(pH, gas flow rate, LHSV, 
temperature and oxygen partial pressure).  
Based on experimental studies with a homemade catalyst, the aim of this study is to develop kinetic models based on 
experimental data taken from literature for the CWAO process. For this purpose a full process model from the 
literature is used and the kinetic parameters of the model are estimated via minimizing sum of the squared error 
between the experimental data and the model predictions to find the best kinetic parameters. Pure oxygen (𝑂2) is used 
as an oxidant and (Pt 𝛾 − 𝐴𝑙2𝑂3⁄ ) is used as a catalyst under the following operating conditions (temperature (120, 
140, and 160℃), oxygen partial pressure (0.8, 1 and 1.2 MPa), liquid hourly space velocity (1, 2 and 3ℎ𝑟−1), initial 
phenol concentration (1, 3 and 5𝑔𝑚 𝑙⁄ ) and gas flow rate (stoichiometric excess) (20, 40, 80 and 100%).Two 
approaches (linear and non-linear methods)have been used in evaluating the optimal kinetic parameters. The validated 
process model is then employed to scale up and to find the optimal design of an industrial reactor. The modeling, 
simulation and optimization process of CWAO operation are carried out using gPROMS software. 
 
 
2. The Experimental Data 
The experimental data have been taken from Safaa (2009). A brief description about the materials, apparatus and 
experimental procedure used for getting the experimental results can be summarized as follows:                                                                                  
Phenol in wastewater is oxidized in a trickle bed reactor as a main apparatus in the unit process, which is 
characterized in Table 1. Pure oxygen is used as an oxidant introduced as co-currently with phenol into the reactor 
packed with a fixed bed of catalyst (0.48 wt% Pt 𝛾 − 𝐴𝑙2𝑂3⁄ ) characterized in Table 2.  
CWAO of phenol and oxygen occurs with a solid catalyst and this reaction can happen along the catalyst bed that 
enclosed between two layers of inert material at the reaction conditions. The exit solution from the reactor goes to the 
gas-liquid separation for sampling. The experimental concentrations of phenol have been measured using JASCO 
ultraviolet/visible (UV-VIS/530) spectrophotometer (Safaa 2009). The schematic representation of the experimental 
equipment is represented in Figure 1. Calibration has been conducted on all laboratory equipment (such as pump, 
instrumentation and control) to ensure the accuracy of the measurements. Note, all analytical techniques that have 
been employed for the properties of the feedstock and the products were accurate, fast and repeatable. Product 
analysis was repeated twice for each sample at each operating condition to ensure the accuracy of the results. Average 
results have been taken into accounts for each run with maximum deviation of 2% among all runs. 
 
 
3. Mathematical Model of Trickle Bed Reactor 
Mathematical model is a set of ordinary algebraic and differential equations related to mass and energy balance and 
thermphysical properties of a system. The basic mathematical model for a chemical reaction rate should take into 
account the rate of mass and heat transfer together with the kinetic equation (Jarullah, 2011; Nawaf, 2015). In this 
work, the mathematical model of CWAO of phenol in a trickle bed reactor assumes plug flow and is based on two 
film theory (Al-Dahhan et al., 1997). The model for a trickle-bed catalytic reactor can be complex due to many 
microscopic and macroscopic effects occurring inside the reactor, including flow patterns of both phases, size and 
shape of a catalyst particles, wetting of the catalyst pores with liquid phase, pressure drop, intra-particle gradients, 
thermal effects and of course kinetics on the catalyst surface (Jarullah et al., 2011a, 2011b, 2011c). Figure 2 shows 
the required data and available tools for modelling and simulation of CWAO of phenol process. 
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Mass Balance in Gas Phase 
Equation (1) relates the concentration of oxygen and the mass transfer across the gas–liquid interface which gives the 
concentration profile of oxygen along the catalyst bed length (Qiang et al., 2009). 
Oxygen: 
𝑑𝐶𝑂2,𝐺
𝑑𝑧
 =  −( 
𝑘𝐺𝐿𝑎𝐺𝐿
𝑢𝑔
 ) (
𝐶𝑂2,𝐺
𝐻𝑂2
− 𝑐𝑂2,𝐿 )                                                                                                                               (1) 
Mass Balance in Liquid Phase 
The mass balance equations for the concentrations of phenol and oxygen in the liquid phase can be described by the 
following equations (Qiang et al., 2009): 
Phenol:  
𝑑𝐶𝑝ℎ,𝐿
𝑑𝑧
 = −(
Ƞ𝐿𝑆𝑘𝐿𝑆𝑎𝐿𝑆  
𝑢𝑙
) (𝐶𝑝ℎ,𝐿 − 𝐶𝑝ℎ,𝐿−𝑠 )                                                                                                                         (2) 
Oxygen: 
𝑑𝐶𝑂2,𝐺
𝑑𝑙
 = (
𝑘𝐺𝐿𝑎𝐺𝐿
𝑢𝑙
)(
𝐶𝑂2,𝐺
𝐻𝑂2
− 𝐶𝑂2,𝐿)−(
Ƞ𝐿𝑆𝑘𝐿𝑆𝑎𝐿𝑆  
𝑢𝑙
)(𝐶𝑂2,𝐿 − 𝐶𝑂2,𝐿−𝑠 )                                                                                      (3) 
Mass Balance in Solid Phase 
To solve the obove equations, the concentrations of phenol and oxygen at the solid surface are required, which are 
described by the two followingequations relating the extent of chemical reactions at the solid surface. At steady–state, 
the compounds transported between the liquid and solid phase (on the surface of the catalyst) are consumed or 
produced through the chemical reaction. 
Phenol:  
𝑘𝐿𝑆𝑎𝐿𝑆( 𝐶𝑝ℎ,𝐿 − 𝐶𝑝ℎ,𝐿−𝑆 ) = Ƞ0 (1 – 𝜀𝐵)𝑅𝑝ℎ                                                                                                                   (4) 
Oxygen: 
𝑘𝐿𝑆𝑎𝐿𝑆( 𝐶𝑂2,𝐿 − 𝐶𝑂2,𝐿−𝑆 )= 7Ƞ0(1 – εB )𝑅𝑝ℎ                                                                                                                  (5) 
The required boundary conditions are as follow: 
𝐶𝑝ℎ,𝐿 (at 𝑍 =0 ) = 𝐶𝑝ℎ,𝐿 (initial)                                                                                                                                       (6) 
𝐶𝑂2,𝐺 (at 𝑍 =0 ) = 𝐶𝑂2,𝐺 (initial)                                                                                                                                      (7) 
𝐶𝑂2,𝐿 (at 𝑍 =0) = 0                                                                                                                                                           (8) 
Chemical Reaction Rate 
The catalytic wet air oxidation can be described by the following kinetic equation of Langmuir–Hinshelwood type 
that accounts for phenol disappearance as shown below (Qiang et al., 2009):  
𝑅𝑝ℎ= 𝜌𝑐𝑎𝑡𝐾ℎ𝑒𝑡
𝐶𝑝ℎ
𝑛𝐶𝑂2
𝑚
(1+𝐾𝑝ℎ𝐶𝑝ℎ,𝐿)
2                                                                                                                                            (9) 
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The adsorption equilibrium constant of phenol (𝐾𝑝ℎ) is evaluated by the following relation (Qiang et al., 2009): 
𝐾𝑝ℎ= exp (−
364.47
𝑇
−2.3854)                                                                                                                                        (10) 
Reaction rate constant (𝐾ℎ𝑒𝑡) can be described by Arrhenius equation as follows : 
𝐾ℎ𝑒𝑡= 𝐴
0exp(−
𝐸𝐴
𝑅𝑇
)                                                                                                                                                      (11) 
Gas–Liquid Mass Transfer Coefficients 
Gas-Liquid mass transfer coefficients can be evaluated by (Rodriguez and Ancheyta, 2004; Mederos et al., 2006) 
as follows: 
 Phenol: 
𝐾𝑂2
𝐿 𝑎𝐿
𝐷𝑂2
𝐿 =7(
𝜌𝑝ℎ 𝑢𝑙
𝜇𝑝ℎ
)
0.4
(
𝜇𝑝ℎ
𝜌𝑝ℎ   𝐷𝑂2
𝐿 )
0.5
                                                                                                                                   (12) 
 
Liquid–Solid Mass Transfer Coefficients 
Liquid- solid mass transfer coefficient can be evaluated from Van Krevelen–Krekels equations (Froment and 
Bischoff, 1990; Bhaskar and Valavarasu, 2002): 
Phenol: 
𝐾𝑝ℎ
𝑆
𝐷𝑝ℎ
𝐿 𝑎𝐿𝑆
 = 1.8(
𝜌𝑝ℎ𝑢𝑙
𝑎𝐿𝑆𝜇𝑝ℎ
)
0.5
(
𝜇𝑝ℎ
𝜌𝑝ℎ𝐷𝑝ℎ
𝐿 )
(1 3⁄ )
                                                                                                                          (13) 
Oxygen: 
𝐾𝑂2
𝑠
𝐷𝑂2 
𝐿 𝑎𝐿𝑠
 = 1.8(
𝜌𝑝ℎ𝑢𝑙
𝑎𝐿𝑠𝜇𝑝ℎ
)
0.5
(
𝜇𝑝ℎ
𝜌𝑝ℎ𝐷𝑂2 
𝐿 )
(1 3⁄ )
                                                                                                                          (14) 
Molecular Diffusivity 
The molecular diffusivity of phenol and oxygen can be calculated by Tyn-callus's correlation (Reid et al., 1987; 
Dudukovic et al., 2002): 
Phenol: 
𝐷𝑝ℎ
𝐿 = 8.93× 10−8
𝑣𝐿
0.267  𝑇    
𝑣𝑝ℎ
0.267𝜇𝑝ℎ
                                                                                                                                            (15) 
Oxygen: 
𝐷𝑂2
𝐿 = 8.93 × 10−8
𝑣𝐿
0.267  𝑇    
𝑣𝑂2
0.267𝜇𝑝ℎ
                                                                                                   (16) 
The molar volume of liquid (𝑣𝐿), phenol (𝑣𝑝ℎ) and oxygen (𝑣𝑂2) can be calculated using the following equations 
(Dudukovic et al., 2002; Jarullah et al., 2011a, 2011b):  
Liquid:        𝑣𝐿= 0.285 (vc
L)1.048                                                                                                                                  (17) 
Phenol:𝑣𝑝ℎ= 0.285 (𝑣𝑐
𝑝ℎ)1.048                                                                                                                                     (18) 
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Oxygen:𝑣𝑂2= 0.285 (𝑣𝑐
𝑂2)1.048                                                                                                                                    (19) 
The value of critical volume of liquid (𝑣𝑐
𝐿), phenol (𝑣𝑐
𝑝ℎ) and oxygen (𝑣𝑐
𝑂2) can be found from Perry and Green, 
(1999), which are listed in Table (4). 
Henry’s constant  
Henry’s constant for oxygen component (𝑂2) is calculated from the following equation (Qianget al., 2009):  
𝐻𝑂2 = (6088.8–871.2 ln T−
326284
𝑇
 )                                                                                                                             (20) 
Density of Phenol 
The density of phenol can be evaluated by using (Rackett, 1970):  
𝜌𝑝ℎ=
𝑀𝑊𝑝ℎ𝑃𝑐
𝑅 𝑇𝐶𝑍𝐶(1+(1−𝑇𝑟)
2 7⁄                                                                                                                                                   (21) 
𝑇𝑟= 
𝑇
𝑇𝑐
                                                                                                                                                                       (22) 
𝑇𝑐 , 𝑃𝑐 and 𝑍𝑐  are estimated from Perry and Green (1999).    
Density of oxygen 
The density of oxygen (𝑂2) can be estimated depending on the temperature and pressure from the ideal gas equation 
taking into considerations the gas compressibility factor, where the gas at these condition having a trend toward the 
reality state. The equation can be written as:  
𝜌𝑂2 = 
𝑃 𝑀𝑊𝑂2
𝑍𝑂2 𝑅 𝑇
                                                                                                                                                                 (23) 
Viscosity of Phenol 
The viscosity of phenol depends mainly on temperature (inversely proportion), thus, it is particularly desirable to 
determine liquid viscosities from experimental data when such data exist. Many correlations were used to calculate 
liquid viscosity and one of the best correlations that have widely been applied in calculating liquid viscosity (Bruce et 
al., 2004) is: 
𝜇𝑝ℎ= exp(𝑙𝑛(∝ × 𝜇𝑝ℎ,𝑏) × (
𝑙𝑛 (𝜇𝑝ℎ,𝑏)
𝑙𝑛 (∝ ×𝜇𝑝ℎ,𝑏)
)
∅
)                                                                                                               (24) 
∅= 
1−Tr
1−Tbr
                                                                                                                                                                       (25) 
𝑇𝑟=
𝑇
𝑇𝐶
                                                                                                                                                                            (26) 
𝑇𝑏𝑟= 
𝑇𝑏
TC
                                                                                                                                                                          (27) 
Effectiveness Factor 
The effectiveness factor can be estimated as a function of Thiel Modulus, which is valid for sphere particle 
(Marroquin et al., 2005).    
Ƞ0= 
3( φcothφ−1)
φ2
                                                                                                                                                            (28) 
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For 𝑛𝑡ℎ- order irreversible reaction, the general Thiel Modulus (𝜑) is evaluated using the following relationship 
(Froment and Bischoff, 1990; Nawaf et al., 2015a, 2015c):  
𝜑 =
𝑉𝑃
𝑆𝑃
√(
𝑛+1
2
) (
𝐾ℎ𝑒𝑡𝐶𝑝ℎ
𝑛−1𝜌𝑝
𝐷𝑒𝑖
)                                                                                                                                          (29) 
The Particle density (𝜌𝑝), is determined using the following simple relation: 
𝜌𝑝=
𝜌𝑐𝑎𝑡.
1−𝜖𝐵
                                                                                                                                                                         (30) 
The Bed porosity (𝜖𝐵) of the catalyst is estimated for undiluted sphere packed catalyst from the following equation 
(Haughey and Beveridge, 1969; Froment and Bischoff, 1990). 
𝜖𝐵= 0.38+0.073(1 + 
(
𝑑𝑡
𝑑𝑝𝑒
  −2 )2
(
𝑑𝑡
𝑑𝑝𝑒
)2
)                                                                                                                                (31) 
Equivalent particle diameter (𝑑𝑝𝑒), can be defined as the diameter of the sphere that has the same external surface (or 
volume) as the actual catalyst particle. This characteristic of the particle is very important and depends on the particle 
size and shape. 
𝑑𝑝𝑒= 𝑑𝑝= 1.6 mm                                                                                                                                                         (32) 
For spherical shape of particle, the external volume (𝑉𝑝) and the surface area (𝑆𝑃) of particle can be calculated as 
shown below: 
𝑉𝑝= 
4
3
𝜋(𝑟𝑃)
3                                                                                                                                                                  (33) 
𝑆𝑃= 4𝜋(𝑟𝑃)
2                                                                                                                                                                  (34) 
The surface area of particle per unit volume of the bed is evaluated as (Froment and Bischoff, 1990): 
𝑎𝐿𝑆 = 
𝑆𝑃(1−𝜖𝐵)    
𝑉𝑝
                                                                                                                                                             (35) 
The effective diffusivity (𝐷𝑒𝑖), can be calculated from (Jarullah et al., 2011c; Nawaf et al., 2015c) taking into 
account the consideration of porosity and tortuosity of the pore network inside the particle. 
𝐷𝑒𝑖=
𝜖𝑆
Ԏ
1
1
𝐷𝑚𝑜,𝑖
 + 
1
𝐷𝑘𝑛,𝑖
                                                                                                                                                          (36) 
Catalyst particle porosity (ϵS) is estimated using equation below depending on the particle density and pore volume. 
𝜖𝑆 =𝜌𝑝𝑉𝑔                                                                                                                                                                         (37) 
The tortuosity factor (Ԏ ), has a values of 2 to 7 (Satterfield, 1975). According to literatures, the tortuosity factor is 
assumed to be 4 (Satterfield, 1975; Marroquin et al., 2005). 
Knudsen diffusivity (𝐷𝑘𝑛,𝑖 , 𝑐𝑚
2 𝑠𝑒𝑐.⁄ ) can be calculated from the following equation (Jarullah et al., 2012a; 
Froment and Bischoff, 1990) as follows: 
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𝐷𝑘𝑛,𝑖 = 9700 𝑟𝑔√
𝑇
𝑀𝑊𝑝ℎ
                                                                                                                                                  (38) 
Mean pore radius ( 𝑟𝑔), can be estimated as follows (Nawaf et al., 2015a, 2015b): 
𝑟𝑔=2
𝑉𝑔
𝑆𝑔
                                                                                                                                                                            (39) 
4. Estimation of Kinetic Parameters of the Model 
The solution of transport problems in three-phase systems is very complex and usually numerical approximation 
methods are used. On the other hand, analytical solutions are used for the simple models. Thus, the boundary 
conditions proposed for these models need a careful attention (Feike and Toride, 1998). 
Many physiochemical processes are described by systems of equations with unknown parameters which need to be 
estimated accurately. However, parameter estimation is a difficult step in the development of process models and 
requires experimental data. It is based on minimum errors between the measured experimental data and the predicted 
data from the mathematical model (Poyton et al., 2006; Jarullah et al., 2011e; Sameer et al., 2016). In order to 
evaluate the best values of kinetic parameters in this study, two approaches have been employed depending on phenol 
content in the oxidation process under varied operating conditions. These are as follows:  
 Linear regression to simultaneously obtain the reaction orders of phenol (n), oxygen (m) and reaction rate 
constants (𝐾ℎ𝑒𝑡), then linear regression with the Arrhenius equation to estimate the activation energy (𝐸𝐴) 
and pre-exponential factor (𝐴0). 
 Non-linear regression to determine reaction orders of phenol (n), and oxygen (m) and after that estimation of 
activation energy (𝐸𝐴) and pre-exponential factor (𝐴0) . 
Both approaches are based upon the minimization of the sum of squared errors (SSE) between the experimental and 
predicted concentrations of phenol (𝐶𝑝ℎ
𝑒𝑥𝑝., 𝐶𝑝ℎ
𝑝𝑟𝑒𝑑.
) defined as: 
SSE= ∑ (𝐶𝑝ℎ
𝑒𝑥𝑝. – 𝐶𝑝ℎ
𝑝𝑟𝑒𝑑. )2
Nt
n=1                                                                                                                                         (40) 
Following optimization problems are developed to estimate the kinetic parameters: 
4.1 Optimization Problem Formulation for Parameter Estimation: 
The optimization problem formulation for the catalytic oxidation process of phenol can be stated as follows: 
 
Mathematically, employing the first approach the problem can be represented as follow: 
Given 
 
 
 
The reactor configuration, the initial phenol concentration, the 
catalyst, reaction temperature, oxygen partial pressure, liquid 
hourly space velocity and gas flow rate. 
Obtain 
 
 
The reaction orders of phenol (n), oxygen (m) and also reaction 
rate constants (𝐾ℎ𝑒𝑡) at each temperature. 
So as to 
minimize 
The sum of square errors (SSE). 
Subjected to 
 
 
Process constraints and linear bounds on all optimization 
variables in the process. 
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Min                               SSE 
n, m, 𝐾ℎ𝑒𝑡,𝑖 
s.t.                    f(z, x(z), x˜(t) , u(z), v) = 0 , [𝑧0, zf]                [Model, equality constraint] 
                                        𝑛𝐿 ≤ 𝑛 ≤ 𝑛𝑈                                 [Inequality constraint] 
                                      𝑚𝐿 ≤ 𝑚 ≤ 𝑚𝑈                           [Inequality constraint] 
                                    𝐾ℎ𝑒𝑡,𝑖
𝐿 ≤  𝐾ℎ𝑒𝑡,𝑖 ≤ 𝐾ℎ𝑒𝑡,𝑖
𝑈                              [Inequality constraint]                   
While, using the second approach, the problem can be described as shown below: 
 Min                                           SSE 
 n, m, 𝐸𝐴, 𝐴
0 
s.t.                            f(z, x(z), x˜(z) , u(z), v) = 0 , [z0, zf]                 [model, equality constraint] 
                                              𝑛𝐿 ≤ 𝑛 ≤ 𝑛𝑈      [Inequality constraints] 
                                             𝑚𝐿 ≤ 𝑚 ≤ 𝑚𝑈     [Inequality constraint] 
                                          𝐸𝐴𝐿 ≤ 𝐸𝐴 ≤ 𝐸𝐴𝑈                   [Inequality constraint] 
                                            𝐴0
𝐿
≤ 𝐴0 ≤ 𝐴0
𝑈
       [Inequality constraint] 
Where, f(z, x(z), x˜(z), u(z), v) = 0 Represents the process model presented in section 3, .z is the length of the reactor 
bed (independent variable). u(z) is the decision variables (n, m, 𝐸𝐴, 𝐴0), x(z) Gives the set of all differential and 
algebraic variables (𝐶𝑂2,𝐺 , 𝐶𝑝ℎ,𝐿, 𝑅𝑝ℎ,𝑉, ….),x
˜(z) Represents the derivative of differential variables with respect to 
length of the bed of reactor such as ( 
𝑑𝐶𝑂2,𝐺
𝑑𝑙
, 
𝑑𝐶𝑝ℎ,𝐿
𝑑𝑙
 , …..).V is the constants parameters or design variables such as (R, 
…).[z0, zf], is the length interval of interest.The function f is assumed to be continuously differentiable with respect to 
all its arguments (Jarullah et al., 2013; Jarullah et al., 2015). 
The method used for the solution of the above optimization problems by gPROMS is based on two steps as follows: 
 The first step performs a simulation to converge all the equality constraints (function f) and also to calculate 
the inequality constraints. 
 The second step performs the optimization (updates the values of the decision variables such as the kinetic 
parameters). 
The above two steps are executed in repetitive manner until the SSE is minimized satisfying all the constraints. 
 
5. Scale Up to an Industrial Trickle Bed Reactor 
Trickle bed reactors (TBRs) have been widely used in numerous industrial applications for more than 70 years. They 
are applied in different chemical processes such as catalytic conversion. Although new structured catalysts and 
reactors have been developed, the packed bed reactors will most probably be in use in the forthcoming decades, due 
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to their low costs. Hydrodynamics are very important for the design and operation of the TBR reactors (Calis et al., 
2001).The behavior of industrial reactor is significantly different from pilot plant reactors. While a pilot plant 
operates under ideal and isothermal state, the industrial reactor operates under non-isothermal state. Therefore, the 
dimensions of industrial trickle bed reactor should be addressed and the energy balance must be included in the 
mathematical model to evaluate the performance of an industrial trickle bed reactor for CWAO of phenol. 
 
5.1. Energy Balance in Trickle Bed Reactor: 
Most commercial trickle bed reactors normally operate adiabatically at high temperatures and high pressures. Kinetics 
and thermodynamics of reactions conducted in trickle bed reactors require high temperatures (Al-Dahhan et al., 
1997). Reactions carried out in trickle bed reactors such as hydrogenation and oxidation can be highly exothermic. 
Although a lot of studies were carried out in the last thirty years in the field of trickle bed reactors, most of them have 
ignored the heat transfer. Furthermore, a major part of the heat transfer studies in trickle bed reactors have been 
carried out with water and air (or nitrogen) (Lamine et al., 1996). Temperature distribution in trickle bed reactors 
plays avery important role in designing and analyzing such reactors. 
Average reactor temperature would always increase along the catalyst bed. For predicting the real performance of the 
industrial trickle bed reactors using the experimental information from small reactors, it is essential to add the heat 
balance equation in a commercial reactor model (Mederos et al., 2009). Non-isothermal behavior along the catalyst 
bed inside industrial trickle bed reactor can be described by a heat balance equation (Rodriguez and Ancheyta, 
2004; Mederos and Ancheyta, 2007) as: 
𝑑𝑇
𝑑𝑧
= (−𝛥𝐻𝑟,𝑇)𝑅𝑝ℎ𝜌𝐵
𝜀𝑙
𝑢𝑔𝜌𝑔𝑐𝑝
𝑂2𝜀𝑔𝑔 + 𝑢𝑙𝜌𝐿𝑐𝑝
𝐿𝜀𝐿
                                                                                                                 (41) 
The heat capacity of liquid phenol ( 𝑐𝑝𝑝ℎ) and gas oxygen ( 𝑐𝑝𝑂2) are calculated as a function temperature by the 
following relations (John and Smith, 2007). 
𝑐𝑝𝑝ℎ=4.403+0.36338×T−6.0417× 10−5 × 𝑇2 −1.279× 10−7 × 𝑇3                     (42) 
𝑐𝑝𝑂2=30.255+0.00421×T−188728/ 𝑇2                                                                                                                      (43) 
Within the reactor, the gas phase fraction ( 𝜀𝑔𝑔) is determined based on bed void fraction and liquid phase fraction as 
shown below (Mederos et al., 2009): 
𝜀𝑔𝑔= 𝜖𝐵 − 𝜀𝑙                                                                                                                                                                 (44) 
The heat of reaction ( 𝛥𝐻𝑟,𝑇) of phenol oxidation (Equation 45) is calculated (John and Smith, 2007) using Equation 
(46):  
C6H5OH+7O2 → 6CO2 + 3H2O                                                                                                                                  (45) 
𝛥𝐻𝑟,𝑇=𝛥𝐻𝑟298
ᵒ + R ∫
𝛥𝑐𝑝ᵒ
𝑅
𝑇
𝑇0
 dT                                                                                                                                      (46) 
The heat of reaction at standard temperature can be calculated as: 
𝛥𝐻𝑟298
ᵒ =∑ 𝑣𝑖𝛥𝐻𝑓𝑖𝑃
° − ∑ 𝑣𝑖𝛥𝐻𝑓𝑖𝑅
°                                                                                                                                 (47) 
𝑣𝑖: Stoichiometric coefficient for reactant and product in chemical reaction equation, which is negative for reactant, 
and positive for product. 
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The standards heat of formation for each component, are listed in Table (3) (John and Smith, 2007) 
The second term of equation 46 can be calculated as follows: 
R(∫
𝛥𝑐𝑝ᵒ
𝑅
𝑇
𝑇0
 𝑑𝑇)=R((∆𝐴(𝑇 − 𝑇0) +
∆𝐵
2
(𝑇2  − 𝑇0
2 )  +  
∆𝐶
3
(𝑇3𝑇3)
∆𝐷
1
(
𝑇−𝑇0
𝑇 𝑇0
))                                                              (48) 
∆𝐴= ∑ 𝑣𝑖𝐴𝑖                                                                                                                                                                   (49) 
∆𝐵= ∑ 𝑣𝑖𝐵𝑖                                                                                                                                                                   (50) 
∆𝐶=∑ 𝑣𝑖𝐶𝑖                                                                                                                                                                     (51) 
∆𝐷=∑ 𝑣𝑖𝐷𝑖                                                                                                                                                                     (52) 
𝐴𝑖, 𝐵𝑖 , 𝐶𝑖, and 𝐷𝑖  are constant values in heat capacities equation. Solving the equations 41 to 52 give temperature 
profile as shown in Figure (3). 
5.2. Reactor Dimension - Optimal Ratio of 
𝐋𝐫
𝐃𝐫
 
The radial concentration gradient that represents the degree of flow mixing occurring during the residence time in 
reactor can effect the mass velocity or conversion. Since radial dispersion tend to reduce the conversion and it is 
necessary to design these reactors with minimum effect of radial dispersion effect (Mary et al., 2009). To ensure the 
effect of radial concentration gradient as low as possible, it is necessary to find the optimal ratio of length to diameter 
of the reactor. The best common ratio of length to diameter lies approximately between 2 to 3(Rodriguez and 
Ancheyta, 2004; Mederos and Ancheyta, 2007).  
An important criterion (based on the ratio of the bed length (Lr) to reactor diameter (𝐷𝑟)) selected to neglect the radial 
dispersion that effects in packed bed reactor is as follow (Bischoff and Levenspiel, 1962):   
𝐿𝑟
𝐷𝑟
> 0.04 
𝑢𝑙 𝐷𝑟
ε1 𝐷𝑟
𝐿                                                                                                                                                               (53) 
The liquid phase fraction (𝜀1 ) can be estimated from the following correlation (Cotta et al., 2000):  
𝜀1 = 9.9(
𝜌𝐿𝑢𝐿𝑑𝑠
𝜇𝐿
)
1 3⁄
(
𝑑𝑠
3 𝑔 𝜌𝐿
2
𝜇𝐿
2 )
−1 3⁄
                                                                                                                                 (54) 
The radial mass dispersion coefficient (𝐷𝑟
𝐿) can be calculated from the following equation (Mederos and Ancheyta, 
2007): 
𝐷𝑟
𝐿  = 
𝑑𝑝𝑢𝑙 
𝜀1 𝑃𝑒
                                                                                                                                                                      (55) 
Peclet number (𝑃𝑒) depends on the mode of operation and the type of the reactor (pilot plant or commercial reactor). 
For concurrent operation with a commercial unit, the Peclet number is estimated from the Sater-Levenspiel 
correlation as reported in (Mederos and Ancheyta, 2007) as follows: 
𝑃𝑒=7.58× 10
−3𝑅𝑒𝐿
0.703                                                                                                                                                  (56) 
𝑅𝑒𝐿: Reynold number of liquid phase, which calculates as follow: 
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𝑅𝑒𝐿=
𝜌𝐿𝑢𝐿𝑑𝑝
𝜇𝐿
                                                                                                                                                                    (57) 
Note, the capital cost of the reactor at the end dictates the dimension of the reactor. The capital cost (𝐶𝑟,$) of a reactor 
increases by increasing diameter and decreasing length of reactor which can be calculated using the following 
equation (assuming that the reactor is filled with the catalyst) (Jarullah et al., 2012b):  
𝐶𝑟($)= (
𝑀 & 𝑆
280
)101.9 𝐷𝑟
1.066𝐿𝑟
0.802(2.18+𝐹𝑐)                                                                                                                  (58) 
𝐹𝑐=𝐹𝑚 𝐹𝑝                                                                                                                                                                        (59) 
𝑀 & 𝑆is Marshal and Swift index for cost escalation (M & 𝑆= 1536.5) (Sami et al., 2015). 
𝐹𝑐,𝐹𝑚 and 𝐹𝑝 are dimensionless factors that are function of the construction material and operating pressure (𝐹𝑚=3.67, 
𝐹𝑝=3.93) (Jarullah et al., 2012d). 
5.2.1. Optimization Problem Formulation for Optimal Reactor Dimension  
According to equation 53, let 
𝑎2= 
𝐿𝑟
𝐷𝑟
                                                                                                                                                                           (60) 
𝑏2=0.04 
𝑢𝑙 𝑑𝑝
𝜀1 𝐷𝑟
𝐿                                                                                                                                                                 (61) 
𝑐𝑎2=𝑎2 − 𝑏2                                                                                                                                                                  (62) 
𝑐𝑎2   > 0 
The optimization problem can be stated as: 
Given 
 
Phenol, catalyst, reaction temperature, oxygen partial pressure, 
LHSV and gas flow rate 
Determine Length of the reactor (𝐿𝑟) and the diameter of the reactor (𝐷𝑟) 
So as to minimize Capital cost of reactor (𝐶𝑟) 
Subjected to Process constraints and linear bounds on all decision variables  
Mathematically, the optimization problem can be written as: 
Min                           𝐶𝑟 
𝐿𝑟,𝐷𝑟  
s.t                 f(x(z),u(z), v) = 0                (model equation, equality constraint)        
                          ca2 ≥ 0        (Inequality constraints) 
                        𝐿𝑟
𝐿 ≤ 𝐿𝑟 ≤ 𝐿𝑟
𝑈       (Inequality constraints) 
                       𝐷𝑟
𝐿 ≤ 𝐷𝑟 ≤ 𝐷𝑟
𝑈     (Inequality constraints) 
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5.3. Optimal Reactor Operating Conditions Based on Maximum Conversion and Minimum Cost 
The phenol conversion depends on the operating conditions, hence it is necessary to find the optimal operating 
conditions that can give highest conversion with minimum cost. Many of the process variables can effect the phenol 
conversion and the cost of the process. Depending on the simulation results (presented in section 6),it has been 
noticed that the conversion of phenol increases with increasing temperature and decreasing liquid hourly space 
velocity, and this would result in higher operating costs due to the use of more utilities, oxygen, and catalyst. The cost 
function defined in equation 63 (Hamad et al., 2005) should be minimized to reduce the cost of the process with 
increasing production:  
𝐶𝐹𝑈𝑁𝐶𝑇𝐼𝑂𝑁.=(
𝐶𝑐𝑎𝑡.
𝑡𝑐𝑎𝑡.
 +  𝐶𝑂𝑥𝑦.  +  𝐶𝑝ℎ𝑒𝑛.  + 𝐶𝑐𝑜𝑚𝑝𝑟𝑒𝑠𝑠𝑖𝑜𝑛  + 𝐶𝑝𝑢𝑚𝑝𝑖𝑛𝑔  +  𝐶𝐸𝑛𝑒𝑟𝑔𝑦  – 𝐶𝑐𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛)                                 (63) 
𝐶𝐹𝑈𝑁𝐶𝑇𝐼𝑂𝑁, 𝐶𝑐𝑎𝑡. , 𝐶𝑂𝑥𝑦. ,𝐶𝑝ℎ𝑒𝑛. ,𝐶𝑐𝑜𝑚𝑝𝑟𝑒𝑠𝑠𝑖𝑜𝑛  , 𝐶𝑝𝑢𝑚𝑝𝑖𝑛𝑔 , 𝐶𝐸𝑛𝑒𝑟𝑔𝑦  ,𝐶𝑐𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛 , are function, catalyst, oxygen, phenol, 
compression, pumping, energy and conversion cost ($ yr⁄ ), respectively. Each item of this equation is detailed below.   
 Catalyst Cost (𝑪𝒄𝒂𝒕), ($/yr) can be calculated based on cycle life time ( 𝑡𝑐𝑎𝑡.) and price of catalyst as (10 yr) 
and 5.8
$
kg
  (www.epa.gov/tri) respectively: 
𝑪𝒄𝒂𝒕.($/yr)= (𝑉𝑐𝑎𝑡(𝑚
3)) (𝜌𝑐𝑎𝑡 (
𝑘𝑔
𝑚3
)) (5.8 (
$
𝑘𝑔
)) (
1
𝑡𝑐𝑎𝑡(𝑦𝑟)
)                                                                            (64) 
 Oxygen Cost (𝐶𝑂𝑥𝑦.), ($ yr⁄ ) can be estimated with a price of oxygen as 0.021$ kg⁄ , (Estela and Mariano, 
2015))  using the following equation: 
              𝐶𝑂𝑥𝑦., ($ yr⁄ )=(𝜌𝑂2(kg m
3⁄ ))×(𝑄𝑂2(m
3 sec⁄ ))×(0.021($ kg⁄ )×3600×24×3)                                               (65) 
 Phenol cost (𝐶𝑝ℎ𝑒𝑛.), ($ 𝑦𝑟⁄ ) is evaluated based on the price of 1.58 ($ kg⁄ ), (Estela and Mariano, 2015) as 
follows: 
       𝐶𝑝ℎ𝑒𝑛.,($ yr⁄ )=( ρph(kg m
3⁄ )× 𝑄𝑝ℎ(m
3 sec.⁄ )×(1.58($ kg⁄ ))×3600×24×342)                                            (66) 
 Compression Cost (𝑪𝒄𝒐𝒎𝒑𝒓𝒆𝒔𝒔𝒊𝒐𝒏), ($/yr) can be calculated utilizing the following relationship based on the 
motor efficiency of 90% (Bouton and Luyben, 2008) and the average power price of 0.06$/kWh (Estela 
and Mariano, 2015): 
              𝐶𝒄𝒐𝒎𝒑𝒓𝒊𝒔𝒊𝒐𝒏 , ($ yr⁄ )=(
𝑏ℎ𝑝(ℎ𝑝)
0.9
) (
1𝑘𝑊
1.341 ℎ𝑝
) (
 𝑜.𝑜6  $
𝑘𝑊ℎ
) (
24ℎ
1 𝑑𝑎𝑦
) (
342
1𝑦𝑟
)                                                             (67) 
𝑏ℎ𝑝= 
ℎ𝑝
Ƞ𝑖𝑠𝑒
                                                                                                                                                        (68) 
ℎ𝑝= (
3.03×10−5
𝛾
) 𝑃𝑖𝑛𝑄𝑖𝑛 ((
𝑃𝑜𝑢𝑡
𝑃𝑖𝑛
)
𝛾
− 1)                                                                                                           (69) 
𝛾= 
(
𝑐𝑝𝑂2
𝑐𝑣𝑂2
−1)
(
𝑐𝑝𝑂2
𝑐𝑣𝑂2
)
                                                                                                                                                     (70) 
𝑐𝑣𝑂2= 𝑐𝑝𝑂2 − R                                                                                                                                             (71) 
Ƞ𝑖𝑠𝑒: Isentropic efficiency, reported to be from 70 to 90%. Here, it is assumed 90% (Douglas, 1988; Bouton and 
Luyben, 2008). 
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 Pumping Cost (𝑪𝑷𝒖𝒎𝒑𝒊𝒏𝒈), ($/yr) can be estimated using the following relationship: 
𝐶𝑝𝑢𝑚𝑝𝑖𝑛𝑔 = (𝑄𝑝(𝑘𝑊) ) (
0.06  $
𝑘𝑊ℎ
) (
24ℎ
1 𝑑𝑎𝑦
) (
342
1𝑦𝑟
)                                                                                         (72) 
 Energy Cost (𝑪𝑬𝒏𝒆𝒓𝒈𝒚), ($/yr), is calculated by using the following relation: 
𝐶𝐸𝑛𝑒𝑟𝑔𝑦  = 𝛽 × (𝑄𝑝ℎ + 𝑄𝑂2) (m
3 sec⁄ )×(3600×24×342)(𝑇𝑟𝑒𝑞 −298)                                                          (73) 
             𝛽: Energy factor, 5.68 × 10−3 ($ m3. ℃⁄ ), ( Hamad et al., 2005). 
 Conversion Cost (𝑪𝒄𝒐𝒏𝒗𝒆𝒓𝒔𝒊𝒐𝒏), ($/yr)  can be estimated as follow:  
𝐶𝑐𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛= 𝐶𝑓𝑎𝑐𝑡𝑜𝑟($ m
3⁄ )× 𝑄𝑝ℎ(m
3 sec⁄ )×(3600×24×342)                                                                    (74) 
The conversion factor (𝐶𝑓𝑎𝑐𝑡𝑜𝑟) can be considered the difference between the price of the product and the feed. This 
value has been assumed to be exponential with respect to the conversion as described in the following equation 
(Hamad et al., 2005): 
𝐶𝑓𝑎𝑐𝑡𝑜𝑟= 𝑆1exp (𝑆2 × 𝑋𝑝ℎ)                                                                                                                                    (75) 
𝑆1 and 𝑆2 are constant parameters of the conversion cost factor. 
𝑋𝑝ℎ: Conversion of phenol  
𝑋𝑝ℎ= 
𝐶𝑝ℎ,0−𝐶𝑝ℎ
𝐶𝑝ℎ,0
                                                                                                                                                        (76) 
The cost factor is quantified in Figure (4) for different values of 𝑆1 and 𝑆2. The values of these parameters are 
based on the assumption that the benefit of extra conversion is directly related to the cost of the catalyst and the 
energy requirement. The values obtained by the simulation and optimization runs are 𝑆1= 400.54 and 𝑆2= 0.653 
depending on the range of the catalyst cost from 630 to 780 $ 𝑚3⁄  as shown in the Figure (4). 
 
5.3.1. Optimization Problem Formulation for Optimal Operation 
The optimization problem can be stated as: 
Given 
 
Length of the reactor (𝐿𝑟), the diameter of the reactor (𝐷𝑟) and reaction 
orders of phenol and oxygen (n and m). 
Determine 
 
 
Phenol, catalyst, and oxygen cost, reaction temperature, oxygen partial 
pressure, LHSV, initial phenol concentration and gas flow rate. 
So as to 
minimize 
Cost Function (𝐶𝐹𝑈𝑁𝐶𝑇𝐼𝑂𝑁.) 
 
Subjected to 
 
Process constraints and linear bounds on all decision variables  
 
Mathematically, the optimization problem can be written as: 
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Min                                 𝐶𝐹𝑈𝑁𝐶𝑇𝐼𝑂𝑁. 
LHSV, S.E., P, 𝑇𝑅, 𝐶𝑝ℎ,0  
s.t                                f(x(z), u(z), v) = 0                (model equation, equality constraint)  
                        𝐿𝐻𝑆𝑉𝑟
𝐿 ≤ 𝐿𝐻𝑆𝑉𝑟 ≤ 𝐿𝐻𝑆𝑉𝑟
𝑈       (Inequality constraints) 
                            𝑆. 𝐸𝐿 . ≤ 𝑆. 𝐸. ≤ 𝑆. 𝐸.𝑈    (Inequality constraints) 
                                  𝑃𝐿 ≤ 𝑃 ≤ 𝑃𝑈       (Inequality constraints) 
                                 𝑇𝑅
𝐿 ≤ 𝑇𝑅 ≤ 𝑇𝑅
𝑈     (Inequality constraints) 
                                𝑋𝑝ℎ
𝐿 ≤ 𝑋𝑝ℎ ≤ 𝑋𝑝ℎ
𝑈      (Inequality constraints) 
                                𝐶𝐹𝑈𝑁𝐶𝑇𝐼𝑂𝑁. ≥ 0    (Inequality constraints) 
 
6. Results and Discussions 
6.1. The Best Kinetic Parameters of the Model (Based on Pilot Plant Experiment) 
The values of constant parameters used in the mathematical model are given in Table (4). As described earlier, the 
model kinetic parameters of CWAO of phenol are estimated using two approaches.  
In the first approach,  the reaction orders of phenol concentration (n)and oxygen partial pressure (m) and reaction rate 
constants (𝐾ℎ𝑒𝑡) at each temperature were estimated separately, then activation energy and pre-exponential factor are 
estimating by linearization of Arrhenius equation shown in equation (77) and equation (78). Figure (5) shows the 
linearization method by a plot (ln𝐾ℎ𝑒𝑡) vs. (1/T) gives a slope (-EA/R) and intercept (ln 𝐴
0). The kinetic parameters 
that estimated in this method are listed in Table (5).  
𝐾ℎ𝑒𝑡= 𝐴
0exp(−
𝐸𝐴
𝑅𝑇
)                                                                                                                                                       (77) 
Linearization of equation (77) will result in the following equation: 
𝐿𝑛(𝐾ℎ𝑒𝑡) = 𝐿𝑛(𝐴
0) – (
𝐸𝐴
𝑅
) 
1
𝑇
                                                                                                                                           (78) 
In the second approach, activation energy (EA), pre-exponential factor (𝐴0) and reactions order of phenol 
concentration (n) and oxygen partial pressure (m) were determined simultaneously and presented in Table (8). The 
parameter estimation from the second approach is more accurate than that calculated from the first approach, because 
the second approach gives smaller SSE than the first approach. However, the values of the activation energy (EA) and 
pre-exponential factor (A0) that estimated via linearization (first approach)  of Arrhenius equation gives high error as 
compared with those estimated via  non-linear method (second approach). 
Many researchers have studied the CWAO of phenol in aqueous wastewater, as reported in literatures. However, the 
optimal value of the order of phenol concentration (n) is (2.1066) as mentioned above. Different values of phenol 
concentration have been reported in literature as a first order (Liu et al., 2008; Albin et al., 1997; Qinglin and Karl, 
1998; Fortuny et al., 1999; Christoskova and Stoyanova, 2001; Wadood and Sama, 2008), 1.5 (Santos  et al., 
2005 ) and 2 to 2.2 (Safaa, 2009; Oscar et al., 2007). 
16 
 
Optimal value of the order of the partial pressure (m) has been estimated to be (0.6111), several values have been 
reported in literatures as, zero order (Christoskova and Stoyanova, 2001), or 0.5 (± 0.1) (Safaa, 2009; Albin et al., 
1997; Fortuny et al., 1999; Wadood and Sama, 2008).  
Also the values of the activation energy (EA) and pre-exponential factor (𝐴0) has been estimated by the second 
approach to be 16315.735 J/mole and (668879.2 sec
-1
 (cm
3
/mole)
-1.11
), respectively. A wide range of values of 
activation energy and pre-exponential factor have been reported in the public domain as 53000 J/mol (Qinglin and 
Karl, 1998), 55880 J/mol (Christoskova and Stoyanova, 2001), 61000 J/mole (Albin et al., 1997) and 75000 (±3) 
J/mol (Fortuny et al., 1999), 78500 J/mole (Wadood and Sama, 2008),while the values of pre-exponential factor 
have been reported in literatures to be 1.3 × 109(±1 × 108) ℎ−1𝑏𝑎𝑟−1 2⁄  (Fortuny et al., 1999), 3.2 ×1011 L/kgCat.h. 
(Wadood and Sama, 2008), which gives a clear indication that the values obtained in this study were within the 
range reported in the public domain. 
In order to be sure about precision of the evaluated kinetic parameters, sensitivity analysis for n, m, EA and A
0
 values 
is performed. Sensitivity analysis is utilized to each of the estimated parameters by means of perturbations of the 
parameter value and is preferably in the range of ±10%, keeping the other parameters in their evaluated values 
(Jarullah et al., 2011a). For each perturbation in the parameter values, the objective function is re-evaluated and then 
for each parameter the perturbation percentage is plotted against the corresponding value of the objective function as 
shown in Figure 6 (for each parameter). The global minimum is achieved when all the perturbations in all the kinetic 
parameters give the same minimum of the objective function with their original values (0% perturbation). In other 
words, poor nonlinear parameter estimation can be found if at least one parameter does not give the same minimum 
than the others at 0% perturbation. From Figure 6, it is clearly seen that the evaluated kinetic parameters are the 
optimum since at 0% perturbation the perturbations of n, m, EA and A
0
give the same minimum of the objective 
function (SSE) with their original values. Therefore, it is demonstrated that the global minimum has been achieved. It 
has also been observed from Figure 6, n has the greatest effect on CWAO kinetic model compared to EA, m, and A
0
, 
respectively.  
   
6.2. Effect of Different Variables on Phenol Conversion 
The TBR process model with the best kinetics parameters reported in section 6.1 is now simulated by 
varying different process operating parameters to gain deeper insight of the process. 
 
6.2.1. Effect of Temperature 
Figure (7a) shows that at temperature of 120℃ and LHSV of 1 hr−1, the conversion of phenol is 87.954% and 
increasing the temperature to 140℃or160℃  at the same liquid hourly space velocity, results in higher conversions of 
phenol (90.878% and 93.13%  respectively). This behavior can also be introduced in Figures (7b,c ) at LHSV of 2 and 
3 hr−1. From these Figures (7a,b,c), it is observed that a good agreement between the predicted and experimental 
results. Higher conversion of phenol obtained at higher temperature can be attributed to the fact that the reaction rate 
constant is a function of reaction temperature (directly proportional) and activation energy (inversely proportional). 
Also rising temperatures can lead to the formation of free oxygen radicals (𝑂.), which can react with oxygen and 
water to form 𝐻2𝑂2 and𝑂3. These species are all capable in participating in the oxidation of phenol.  It is important to 
understand the link between the temperature and the catalyst deactivation. Increased temperature renders the 
possibility of coke formation and pores blockage making rapid catalyst deactivation.. Therefore, it is necessary to 
determine the applicable range of temperature used. The results presented in this section are in agreement with 
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Qinglin and Karl (1998), Fortuny et al. (1999), Santos et al. (2005), Ayude et al. (2007), Wadood and Sama 
(2008) and Wadood (2014). 
 
6.2.2. Effect of Liquid Hourly Space Velocity 
The influence of liquid hourly space velocity (LHSV) on the phenol conversion was studied in the range (1, 2 and 
3ℎ𝑟−1) with keeping other parameters constant (oxygen partial pressure = 0.8, initial phenol concentration = 5𝑔𝑚 𝑙⁄ , 
and gas flow rate =80%). The comparison between the experimental and the predicted results are plotted in Figures 
(8a,b,c ). 
As shown in these Figures, an increase in liquid hourly space velocity causes a decrease in phenol conversion. The 
conversion of phenol at 120℃ is 87.954 % was achieved at LHSV=1ℎ𝑟−1, whereas the conversions of phenol 
decreased up to 73.12% and 59.18%  at LHSV of 2 and 3ℎ𝑟−1 respectively as noted in Figure (8a). The same 
behavior has also been observed in Figures (8b,c). Furthermore, based on the results obtained in these Figures, a very 
well agreement between the predicted and experimental results has been observed. 
The behaviors presented above are attributed to the following reasons: increasing liquid hourly space velocity means 
reducing residence time of reactants in the reactor leading to decrease in phenol conversion and vice versa. These 
results are in agreement with Fortuny et al. (1999), Eftaxias et al. (2001), Ayude et al. (2007) and Wadood (2014). 
 
6.2.3. Effect of Oxygen Partial Pressure 
The influence of oxygen partial pressure was studied in the range of 0.8, 1 and 1.2 MPa with constant temperature of 
160℃, Initial phenol concentration of 5𝑔𝑚 𝑙⁄ , and gas flow rate of 80%. The comparison between the experimental 
and predicted data is plotted in Figure (9). 
As can be seen from Figure (9), increasing oxygen partial pressure from 0.8 to 1.2 MPa the phenol conversion 
increased from 93 to 94.6% and the results showed a good agreement between the experimental and the predicted 
results with maximum average absolute error less than 5%. The oxygen partial pressure compared to temperature has 
a significant impact on the phenol conversion. Generally, increasing oxygen partial causes increasing phenol 
conversion due to increasing density and solubility of the gas. These results were agreement with the behavior 
published in the literature (Fortuny et al., 1999; Ayude et al., 2007; Wadood and Sama, 2008; Wadood, 2014). 
 
 
 
6.2.4. Effect of Initial Phenol Concentration 
The impact of initial concentration on the phenol conversion was studied in the range (1, 3 and 5𝑔𝑚 𝑙⁄ ), with keeping 
others parameters constant (temperature= 160℃, oxygen partial pressure= 0.8 MPa and gas flow rate = 80%). The 
comparison between the experimental and the predicted data is plotted in Figure (10) and a good agreement between 
the predicted and the experimental results have been obtained 
It is noted from Figure (10) that the phenol conversion increased with increasing initial phenol concentration from 
80.35% to 94.75% at 1 and 5𝑔𝑚 𝑙⁄  (initial phenol concentration), respectively owning to the increasing phenol 
molecules that cover the active sites of catalyst.  
The results presented in this section were in agreement with the results reported in the public domain (Christoskova 
and Stoyanova, 2001; Oscar et al., 2007; Ayude et al., 2007). 
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6.2.5. Effect of Gas Flow Rates 
The influence of gas flow rate (meaning stoichiometric excess, S.E. %) on the phenol conversion are studied in the 
range (20, 40, 80 and 100%) at different liquid hourly space velocity, where the other parameters are kept constant 
(temperature =140℃, oxygen partial pressure = 0.8 MPa and initial phenol concentration = 5𝑔𝑚 𝑙⁄ ). The experimental 
and the predicted results are plotted in Figures (11a,b,c,d). 
It is observed from Figures (11a) that the phenol conversion is 89 % at 20% gas flow rate and 1ℎ𝑟−1. Increasing the 
gas flow rate increases the conversion of phenol. The highest conversion (91.5%) is obtained at gas flow rate of 80%. 
It is also observed that an increase in gas flow rate causes an increase in the liquid hold up as well as the liquid film 
thickness covered catalyst surface, thus enhancing oxygen transfer to the liquid phase and from the liquid phase to the 
catalyst surface leading to high conversion. However, increasing the gas flow rate up to 100% causes slightly 
decrease in the phenol conversion because of decreasing spread of the liquid film over the catalyst. Hence, wetting 
was decreased. These results are in agreement with the results published in the literature (Fortuny, et al., 1999; 
Eftaxia, et al., 2001; Wadood, 2014).  
 
6.3. Case 2: Optimal Ratio of Lr/Dr 
The capital cost of reactor (𝐶𝑟,$) depends on 
𝐿𝑟
𝐷𝑟
  ratio (in terms of𝑎2). Where, the capital cost of the reactor increases 
with increasing diameter and decreasing length of the reactor. Also, the radial dispersion can affect the process 
performance but is related to the ratio of length to diameter of the reactor. In such case to avoid the effect of radial 
dispersion and to obtain high conversion with minimum cost, optimal values of  𝑎2 and 𝑏2with the capital cost of 
reactor are calculated and optimized and are presented in Table (7). 
However, to ensure safe operation and in order to avoid any side effect of the radial dispersion, 5 % is added on 
𝐿𝑟
𝐷𝑟
ratio. Thus, the simulation results with the final dimensions of the reactor are shown in Table (8). 
 
6.4. Optimal Operating Conditions Based on Maximum Conversion and Minimum Cost 
Based on the optimal reactor dimension, it is necessary to obtain the optimal values of the operating conditions which 
can affect the efficiency of the process, such as the conversion and the productivity. The optimal values of the best 
operating conditions used in CWAO process operation conditions are presented in Table (9). 
From this Table, it is observed that the effect of temperature having the biggest impact on the CWAO process 
compared with others operating conditions. The optimum temperature of 472.87 K gives the maximum conversion of 
99.79 % with minimum cost of 190507980 $/yr. On the other hand, gas flow rate needs to be about 20 % that has less 
effect compared to temperature influence to have such conversion.      
The cost parameters obtained by the optimization process are listed in Tables (10). As can be seen from this Table, 
the biggest effect of the cost function of the CWAO process can be attributed to the energy cost as opposed to the 
operating cost and the energy cost is related to the phenol conversion and temperature as well.  
 
7. Conclusions 
 Design of industrial trickle bed reactor with the optimal operation of commercial catalytic wet air oxidation 
(CWAO) of phenol is studied for evaluating viability of large-scale operation of phenol oxidation process. 
The mathematical model has been developed using a Langmuir-Hinshelwood formulation to predict the 
performance of oxidation kinetic phenol in a trickle bed reactor employing pure oxygen as an oxidant and 
catalyst (pt/γ-Al2O3) under different operating conditions temperature 120, 140 and 160℃, oxygen partial 
19 
 
pressure 0.8, 1 and 1.2 MPa, liquid hourly space velocity(1, 2, and 3hr−1), initial phenol concentration (1, 
3, and 5gm l⁄ ), and gas flow rate(stoichiometric excess) (20, 40, 80 and 100%). 
 The best kinetic parameters of this model were estimated via optimization technique using two approaches 
(Linear& Non-Linear methods) based on experimental results. It is found that the second approach (Non-
Linear method) is more accurate based on minimizing the sum of squared error between experimental and 
predicted results with average absolute error les that 5% among all the results at various conditions. 
 Optimal ratio of reactor bed length to the reactor diameter (Lr/Dr) has been taken into account in the case of 
scaling up to minimize the effect of radial dispersion. It can be concluded that the decrease in Lr/Dr ratio 
leads to increasing hydrodynamic effects with decreasing the capital cost of the reactor and the optimal ratio 
was found to agree well with the limitation reported in the literature and the optimized value within 
gPROMS program is 3.265 to get safe operation and preventing any side effects. 
 The conversion of phenol depends on the process conditions, thus the optimal operating conditions (mainly, 
T, P, LHSV, S.E. Initial concentration of phenol) that can be effectively used to reactor design and 
operation have also been investigated here to get the maximum conversion of phenol based on the minimum 
cost of the process. The maximum conversion of phenol (99.79%) with minimum cost for the industrial 
CWAO process is obtained at 472.87K, 0.6 bar, 0.5 hr
-1
, 20% and 1.0498×10
-5
mol/cm
3
 for T, P, LHSV, S.E. 
Initial concentration of phenol, respectively.  
 
 
Nomenclature 
cm
-1 Specific gas-liquid contact area per unit volume of bed aGL 
cm
-1
 Specific liquid–solid contact area per unit volume of bed aLS   
(mole/cm
3
)
1-n
.sec
-1
 Pre-exponential factor A0 
(-) Bodenstein number for liquid phase BOa,m
l  
$/yr Energy cost CEnergy 
$/yr Function cost CFUNCTION 
mol/cm
3 Concentration of oxygen in gas phase CO2,G 
mol/cm
3 Concentration of oxygen at liquid–solid Interface CO2,L−s 
mol/cm
3 Concentration of oxygen in liquid phase cO2,L 
J/mole. K Heat capacity of oxygen cpO2 
J/mole. K Heat capacity of phenol cpph 
J/mole. K Specific heat capacity for oxygen at constant volume cvO2 
$/yr Oxygen cost COxy. 
$/yr Catalyst cost Ccat. 
$/yr Compression cost Ccompression 
$/yr Conversion cost Cconversion 
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mol/cm
3 Initial concentration of phenol Cph,0 
mol/cm
3 Concentration of phenol at liquid-solid interface Cph,L−s 
mol/cm
3 Concentration of phenol in liquid phase Cph,L 
mol/cm
3 Concentration of phenol Cph 
$/yr Phenol cost Cphen. 
$/yr Pumping cost Cpumping 
cm Tube diameter d t 
cm Diameter of catalyst particle dP 
cm Equivalent diameter particle of catalyst dpe 
cm
2
/sec Over all axial dispersion coefficient  Da
l  
cm
2
/sec Molecular diffusivity of oxygen in liquid phase DO2
L  
cm
2
/sec Effective diffusivity Dei 
cm
2
/sec Molecular diffusivity of phenol in liquid phase Dph
L  
cm Rector diameter Dr 
cm
2
/sec Radial mass dispersion coefficient Dr
L 
(-) Galaleo number of liquid phase Gal 
J/mole. K Activation energy EA 
(-) Henry’s law constant for dissolved oxygen  in water HO2 
(mole/cm
3
)
1-n
.sec
-1 Apparent reaction rate constant Khet 
cm/sec Gas-to-liquid mass transfer coefficient kGL 
cm/sec Liquid-to-solid mass transfer coefficient kLS 
cm
3
/sec Adsorption equilibrium constant of phenol Kph 
cm Bed length of reactor Lr 
(-) Marshal and Swift index for cost escalation M & 𝑆 
(-) Order of oxygen partial pressure m 
gm/gmol or lb/lbmol Molecular weight  Mwi 
(-) Order of phenol concentration n 
bar Partial pressure of oxygen P 
psia Critical pressure of phenol Pc 
(-) Peclet number Pe 
lb/ft
2 Pressure inlet to the compressor Pin 
lb/ft
2 Pressure outlet of compressor Pout 
ft
3
/min Volumetric flowrate at compressor section Qin 
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KW Pump power Qp 
cm Radius of catalyst particle rP 
cm Mean pore radius rg 
(-) Reynold number of liquid phase Rel 
mole/cm
3
cat.sec Rate disappearance of phenol per unit volume of catalyst Rph 
cm
2
/gm Specific surface area of particle Sg 
cm
2
 Total geometric surface area of catalyst SP 
℃ Boiling point temperature of phenol Tb 
(-) Reduced boiling point temperature Tbr 
𝑅° Critical temperature of phenol Tc  
(-) Reduced temperature which Tr 
K Required temperature to achieve required conversion Treq. 
cm/sec Superficial gas velocity ug 
cm/sec Superficial liquid velocity ul 
𝑐𝑚3 Total geometric volume of catalyst particle VP 
cm
3
/gm Total pore volume Vg 
cm  Length of catalyst bed z 
(-) Compressibility factor ZO2 
(-) Critical compressibility factor Zc  
Greek letters 
 (-) Effectiveness factor Ƞ0 
(-) Wetting efficiency Ƞ𝐿𝑆 
(-) Bed void fraction (Bed porosity) εB 
𝑐𝑚3 𝑔𝑚𝑜𝑙𝑒⁄  Molar volume of liquid 𝑣𝐿 
𝑐𝑚3 𝑔𝑚𝑜𝑙𝑒⁄  Molar volume of oxygen 𝑣𝑂2 
𝑐𝑚3 𝑔𝑚𝑜𝑙𝑒⁄  Molar volume of phenol 𝑣𝑝ℎ 
J/mole Heat of reaction at any temperature 𝛥𝐻𝑟,𝑇 
J/mole. K Heat of reaction at standard temperature (298K) 𝛥𝐻𝑟298
ᵒ  
mPa. Sec Viscosity at boiling point 𝜇𝑝ℎ,𝑏 
𝑔𝑚 𝑐𝑚⁄ . 𝑠𝑒𝑐 
mPa. Sec 
Viscosity of phenol 𝜇𝑝ℎ 
𝑔𝑚 𝑐𝑚3⁄  Density of oxygen 𝜌𝑂2 
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𝑔𝑚 𝑐𝑚3⁄  Catalyst  density 𝜌𝑐𝑎𝑡  
𝑔𝑚 𝑐𝑚3⁄  Particle density 𝜌𝑝 
𝑔𝑚 𝑐𝑚3⁄  Density of phenol 𝜌𝑝ℎ  
(-) Bed porosity 𝜖𝐵 
(-) Volume fraction of molecule ∅ 
(-) Thiel Modulus φ 
$ 𝑚3. ℃⁄  Energy factor 𝛽 
(-) Specific heat ratio 𝛾 
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Table 1: Specifications of experimental apparatus used in CWAO process (Safaa, 2009) 
Parameters  Values  
Length of reactor 77 cm 
Length of the bed catalyst 30 cm 
Inner diameter 1.9 cm 
Volume of catalyst in bed 85 𝑐𝑚3 
Construction material Stainless Steel 
 
 
 
Table 2: Characterization of catalyst ( pt γ − AL2O3⁄ ) 
Specification  Values  
Active phase (0.48 wt%) pt 
Support γ − AL2O3 
Calcination temperature 400 (ºC)  
Pore volume 0.308 (cm
3
/g) 
Bulk density 0.647 (g/cm
3
) 
Surface area 259.9 (m
2
/g) 
Diameter Particle 1.6 mm 
Particle shape sphere 
 
 
 
 
Table 3: Standards heat of formation the reactant and product component 
 
 
 
 
 
 
 
 
 
 
 
 
Component ∆𝑯𝒇𝒊°, KJ/mole. K 
C6H5OH -172 
O2 0 
CO2 -393.509 
H2O -241.818 
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Table 4: Values of constant parameters and coefficients used in this model 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Parameter Symbol Unit Value 
Gas constant R 
J/mole. K 8.314 
𝑎𝑡𝑚.  𝑙𝑖𝑡.
𝑔𝑚𝑜𝑙𝑒.  𝐾
 0.0823 
𝑓𝑡3.  𝑃𝑠𝑖𝑎
𝐼𝑏𝑚𝑜𝑙𝑒 .  𝑅°
 10.73 
Critical volume of liquid 𝑣𝑐
𝐿 𝑐𝑚3 𝑔𝑚𝑜𝑙𝑒⁄  55.95 
Critical volume of phenol 𝑣𝑐
𝑝ℎ 𝑐𝑚3 𝑔𝑚𝑜𝑙𝑒⁄  229 
Critical volume of oxygen 𝑣𝑐
𝑂2 𝑐𝑚3 𝑔𝑚𝑜𝑙𝑒⁄  73.4 
Molecular weight of phenol 𝑀𝑊𝑝ℎ 
𝑔𝑚 𝑔𝑚𝑜𝑙𝑒⁄  
𝐼𝑏 𝐼𝑏𝑚𝑜𝑙𝑒⁄  
94.11 
Molecular weight of oxygen 𝑀𝑊𝑂2 
𝑔𝑚 𝑔𝑚𝑜𝑙𝑒⁄  
𝐼𝑏 𝐼𝑏𝑚𝑜𝑙𝑒⁄  
32 
Critical temperature of phenol 𝑇𝑐  R
° 1250 
Critical pressure of phenol 𝑃𝑐 psia 901.11 
Critical compressibility factor of phenol 𝑍𝑐  (-) 0.243 
Compressibility factor of oxygen 𝑍𝑂2 (-) 0.2880 
Catalyst bulk density 𝜌𝑐𝑎𝑡  gm cm
3⁄  0.647 
Volume of catalyst 𝑉𝑐𝑎𝑡. 𝑐𝑚
3 85 
Diameter of catalyst particle 𝑑𝑝 cm 0.16 
Catalyst bed length 𝑍 𝑐𝑚 30 
Reactor diameter (Bed diameter) 𝐷𝑟  𝑐𝑚 1.9 
Total geometric volume of catalyst particle 𝑉𝑃 𝑐𝑚
3 2.14× 10−3 
Total geometric surface area of catalyst particle 𝑆𝑃 𝑐𝑚
2 8.04× 10−2 
Specific surface area of particle 𝑆𝑔 𝑐𝑚
2 𝑔𝑚⁄  2599000 
Total pore volume 𝑉𝑔 𝑐𝑚
3 𝑔𝑚⁄  0.308 
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Table 5: Values of kinetic parameters obtained via first approach (Linear Method) 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Table 6: Values of kinetic parameters obtained via second approach (Non-Linear Method) 
Second Approach 
Parameter Symbol Unit Value 
Order of phenol  concentration n (-) 2.1066 
Order of oxygen partial pressure m (-) 0.6112 
Activation energy EA J/mole 16315.735 
Pre-exponential factor 𝐴0 𝑠𝑒𝑐.−1 (
𝑐𝑚3
𝑚𝑜𝑙𝑒
)−1.11 668879.2 
Sum of Square Errors SSE (-) 4.8226E-4 
First Approach 
Parameter Symbol Unit Value 
Order of phenol concentration n (-) 2.1086 
Order of oxygen partial pressure m (-) 0.6460 
Apparent reaction rate constant @ 120℃ 𝐾ℎ𝑒𝑡.1 𝑠𝑒𝑐.−1 (
𝑐𝑚3
𝑚𝑜𝑙𝑒
)−1.11 5440.644 
Apparent reaction rate constant @140℃ 𝐾ℎ𝑒𝑡.2 𝑠𝑒𝑐.−1 (
𝑐𝑚3
𝑚𝑜𝑙𝑒
)−1.11 6900.594 
Apparent reaction rate constant @160℃ 𝐾ℎ𝑒𝑡.3 𝑠𝑒𝑐.−1 (
𝑐𝑚3
𝑚𝑜𝑙𝑒
)−1.11 8690.253 
Activation energy EA J/mole 16609.709 
pre-exponential factor 𝐴0 𝑠𝑒𝑐.−1 (
𝑐𝑚3
𝑚𝑜𝑙𝑒
)−1.11 874143.6496 
Sum of Square Errors SSE (-) 5.4078E-4 
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Table 7: Optimal results between 𝒂𝟐 and 𝒃𝟐 with the capital cost ( 𝑪𝒓,$) 
Decision variable type Optimal value 
𝑎2 0 
𝑏2 0 
𝑐𝑎2 0 
Lr Dr⁄  3.265 
Lr (cm) 878.9326 
DR (cm) 269.1983 
Cr ($) 1715277.8 
 
 
 
Table 8: Simulation results with addition 5 % on 𝐿𝑟 𝐷𝑟⁄  ratio 
 
 
 
 
 
 
 
 
 
 
Table 9: Optimal operating conditions obtained for industrial CWAO process 
Reaction Temperature 𝑇𝑅 K 472.87 
Partial Pressure of Oxygen P MPa 0.60 
Liquid Hourly Space Velocity LHSV ℎ𝑟−1 0.50 
Gas Flow Rate (Stoichiometric Excess) 𝑆. 𝐸. - 0.20 
Initial Phenol Concentration 𝐶𝑝ℎ,0 𝑚𝑜𝑙𝑒 𝑐𝑚
3⁄  1.0498E-5 
 
Decision variable type Simulation results 
Lr Dr⁄  3.428 
Lr (cm) 922.879 
Dr (cm) 269.1983 
Cr ($) 1801041.69 
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Table 10: Optimal values of the cost parameters used in this model 
Cost Parameter Symbol Unit Optimal Value 
Oxygen Cost 𝐶𝑂𝑥𝑦. $ 𝑦𝑟⁄  39781.71 
Phenol Cost 𝐶𝑝ℎ𝑒𝑛. $ 𝑦𝑟⁄  347559.32 
Catalyst Cost 𝐶𝑐𝑎𝑡. $ 𝑦𝑟⁄  485251 
Pumping Cost 𝐶𝑝𝑢𝑚𝑝𝑖𝑛𝑔 $ 𝑦𝑟⁄  68476 
Compression Cost 𝐶𝑐𝑜𝑚𝑝𝑟𝑖𝑠𝑖𝑜𝑛  $ 𝑦𝑟⁄  43363 
Energy Cost 𝐶𝐸𝑛𝑒𝑟𝑔𝑦  $ 𝑦𝑟⁄  469944.12 
Conversion Cost 𝐶𝑐𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛 $ yr⁄  155158210 
Conversion Xph % 99.79 
Cost Function 𝐶𝐹𝑈𝑁𝐶𝑇𝐼𝑂𝑁. $ 𝑦𝑟⁄  190507980 
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Figure 2 
 
 
𝐻2O , 𝐶𝑂2, 
harmless  
compounds 
Phenol O2 
 
Operation Mode: 
1- Co-current 
2-Isothermal 
 
Type of Reaction: 
1- Three-phase 
2- Exothermic 
 
reactor Processing and 
type: 
1- Steady-state 
2- Trickle bed reactor 
3- Continuous  
 
 
Required Data: 
Physiochemical properties: 
1- Phenol density. 
2- Phenol viscosity. 
3- Oxygen density. 
4- Gas-liquid, Liquid-solid 
mass transfer coefficient. 
5- Diffusivities. 
6- Henry Coefficient. 
7- etc. 
 
Tools Variables: 
1- Mass balance equations. 
2- Numerical Tool 
(gPROMS, general process 
modelling system. 
 
Operation Variable: 
1- Temperature. 
2- Pressure. 
3- LHSV. 
4- Initial concen. of phenol 
5- Gas flow rates 
 
CWAO Kinetic Data: 
1- Parameters 
2- Models of reaction 
 
Bed of 
Catalyst 
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Figure 5  
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Figure 6  
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Figure 8  
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